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Abstract
The production of microalgae as a fatty acid oil resource for use in biofuels production is a widespread 
research topic at the lab scale. Microalgae contain a higher lipid content on a dry-weight basis compared 
to oilseeds such as soybeans. Additionally, the growth and cultivation cycle of microalgae is 15 days, in 
comparison to soybeans, for which the cycle occurs once or twice annually. However, to date, it has been 
uneconomical to produce microalgae oils in a world-scale facility due to limitations in cultivating microalgae 
at commercial scales. Recent developments suggest that the use of heterotrophic microalgae may be 
economically feasible for large-scale oil production. To assess this feasibility, a comparative scoping study 
was performed analysing the feasibility of an industrial-scale process plant for the growth and extraction of 
oil from microalgae. Processes were developed at the preliminary design level using heterotrophic subspecies 
and autotrophic subspecies of Chlorella vulgaris. AACE Class 4 cost estimates and economic analyses were 
performed. This study concludes that processes based on heterotrophic microalgae are more likely to reach 
economic feasibility than processes using autotrophic microalgae. However, a few barriers still remain to 
achieving free-market economic viability.
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Introduction
Microalgae have been proposed by many as a potential 
source of fatty acid-based oils, in the form of lipids that can 
be converted into renewable replacements for a number 
of petroleum-derived fuels and chemicals [1–4]. By util-
izing microalgae as the feedstock, the land area required 
to produce this oil is significantly reduced. Microalgae 
have a short 2-week growing and cultivation cycle. This 
maximizes the number of harvesting cycles per year com-
pared to harvesting once or twice a year due to the lengthy 
growing season when using a cash crop [5].
Despite a decade of extensive research and develop-
ment activities [6–9], currently, there are no world-scale 
facilities for the production of lipid-based oil extracted 
from microalgae. Research has been done to identify ideal 
microalgal strains to increase lipid production, growth rate 
and growth density, and to minimize nutrient consump-
tion, environmental impacts, invasive biologicals and 
other external factors [10]. Yet, barriers to commercializa-
tion remain. One of these is the inability to effectively cul-
tivate microalgae at large scales.
Recently, some researchers have explored transforming 
autotrophic microalgae to heterotrophic microalgae, 
negating the light dependence of the studied strains [11]. 
The transition to heterotrophic microalgae halts the photo-
synthesis process and requires an organic carbon source 
to provide energy. Heterotrophic microalgae are unable to 
produce energy using the same processes as autotrophic 
strains, which produce an energy source through photo-
synthesis [12]. However, the transition to heterotrophic 
conditions has been shown to increase the lipid content of 
the microalgae by replacing the chlorophyll cells produced 
during photosynthesis with lipids and, more importantly, 
eliminates one of the key scale-up barriers of autotrophic 
microalgal cultivation [13, 14]. If the strain of microalgae 
used is non-light-dependent, it eliminates the requirement 
for industrial-scale, clear photo bioreactors or open ponds. 
Further, it has been shown that these heterotrophic strains 
can be grown efficiently using waste carbon resources, 
mitigating the need for more valuable sources [12, 15].
This paper documents a study conducted to evaluate 
the commercial potential for the production of fatty acid 
oils from the cultivation and extraction of lipids using a 
heterotrophic version of the microalgae strain, Chlorella 
vulgaris. In order to evaluate the heterotrophic strain com-
pletely, two process designs were developed: one based 
on the autotrophic version of the strain and the second 
based on the heterotrophic version. In-house lab-scale ex-
perimental data were generated when the data required to 
develop a preliminary process design of the required pro-
duction facility were not readily available in the literature.
The C. vulgaris strain of microalgae has been proven to 
yield a high lipid content (15–35 wt%) and is one of the 
fastest-growing microalgal strains [16]. Additionally, this 
strain of microalgae has been found to be amenable to 
heterotrophic adaptation [12]. The heterotrophic strain of 
C. vulgaris should yield a higher lipid content that will gen-
erate a larger amount of oil when compared to the auto-
trophic strain. The microalgae would be grown in trains 
of reactors for heterotrophic or autotrophic growth. The 
reactors within each train increase in size and would be 
designed for microalgal growth to optimize the operating 
time of the plant.
The lipid-extraction method for both the heterotrophic 
and autotrophic processes can be similar with the only dif-
ference being minor variations in the flow rates of each 
process. The extraction process begins with the separ-
ation of the majority of the liquid growth media using a 
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vacuum filter. Subsequently, a press is utilized to remove 
the majority of the entrained water and to begin to break 
the cell walls of the microalgae. A grinder is then used to 
completely destroy the cell walls and expose the lipids. 
A  solvent is used to leach the lipids out of the biomass. 
Methanol has been shown to be an effective solvent for this 
purpose [17]. The oil-lean biomass is collected and sold as 
a high-protein animal feedstock by-product [18]. The lipid/
methanol mixture is separated using a multi-effect evap-
orator from which the fatty acid oils are collected as the 
primary product and the methanol is recycled as solvent 
in the oil-leaching portion of the process.
The preliminary process design was developed to pro-
duce 500 000 kg/yr of fatty acid-based oil from either the 
heterotrophic or autotrophic strains of the microalgae. This 
oil can be transformed into biodiesel and other high-value 
chemicals. However, the transformation of the oil was out-
side of this study and these processes were not developed.
1 Materials and methods
1.1 Experimental materials and methods
1.1.1 Solvent and microalgae-to-solvent-ratio selection: 
experimental
Methanol was chosen as the extraction solvent for the 
scoping study as a result of an in-house preliminary 
solvent-selection study for optimum fatty  acid-oil ex-
traction from a C. vulgaris strain of microalgae. The solv-
ents utilized for the preliminary study were chloroform, 
methanol, hexane, acetonitrile, ethanol and deionized 
water (DI). The study was performed by mixing auto-
trophic microalgae, cultured from a strain obtained from 
the Scottish Association for Marine Science and Cultures, 
and each solvent in a 1:10 ratio (mass-to-volume) followed 
by filtration to separate the oils from the biomass.
The 1:10 (mass-to-volume) algae-to-solvent ratio was 
chosen as the extraction ratio for the scoping study as a 
result of an in-house preliminary solvent-selection study 
for optimum fatty  acid-oil extraction from the strain of 
microalgae C.  vulgaris. The ratios utilized for the prelim-
inary study were: 1:3, 1:7, 1:11, 1:15 and 1:19. The study was 
performed by mixing autotrophic microalgae, cultured 
from a strain obtained from the Scottish Association for 
Marine Science and Cultures, and a solvent in each ratio 
(mass-to-volume) followed by gravity filtration to separate 
the oils for collection.
In both the extraction-solvent and the solvent-to-
microalgae-ratio studies, both the filtered liquid product 
and the residual biomass were separately collected, heated 
to evaporate the solvent from the product and weighed. 
The ratio of dry products collected (extracted liquid/bio-
mass) was utilized to determine extraction efficiency.
1.1.2 Design: simulation
A preliminary design was developed for each process option. 
This includes the identification and size approximation of 
all equipment of pump or larger size, organized into the 
unit operations necessary to transform the raw material 
and other inputs into the product oil and by-products. In 
addition to equipment sizing, the design includes an es-
timate of all required utilities, chemicals and other re-
sources required by the process. The design is primarily 
summarized on process flow diagrams (PFDs). Equipment 
sizing was performed using approximation methods from 
Ulrich [19] or using the ChemCad™ simulation program. 
The ‘Results and discussion’ section includes a description 
of the detailed design for each process, including the culti-
vation of each species of microalgae.
1.2 Economic analysis
A broad cost estimate (AACE category 4 [20]) of the pro-
ject costs along with estimates of the manufacturing 
costs, raw-material costs and product revenues was gen-
erated at a nominal accuracy level of ±40% [19]. These cost 
elements were used to quantify the economic feasibility 
of the technology. The discounted cash-flow return of in-
vestment (DCFROR) and the net present value at a hurdle 
rate of 20% (NPV@20%) were estimated to evaluate the eco-
nomic feasibility of the two process options at a basis date 
of October 2016.
The broad cost estimate is primarily based on the PFD 
and the preliminary equipment sizes of the design. The 
revenues of the process were calculated based on trend-
price forecasts for product sales, by-product sales and 
operating-cost credits. To determine the overall potential 
profitability of each process, an economic cash-flow sheet 
consisting of the process revenues, operating cost, gross 
profit, depreciation, taxable profit, income tax, non-taxable 
charges, net profit and present value was developed based 
on a 20-year operating life.
Depreciation for tax calculations was based on the 
value of the fixed capital investment (FCI) written off 
over a period of 17 years with no salvage value using the 
Modified Accelerated Cost Recovery System method. The 
taxable income for the process designs was determined 
by subtracting all annual expenditures (except capital ex-
penditures) and depreciation charges from the annual rev-
enue. The income tax was calculated by multiplying the 
annual taxable income by the tax rate, which was assumed 
to be 35% (2017 US tax-law basis). The non-taxable charges 
included the FCI spread across the estimated project-
completion time with an estimate for the initial inventory 
of chemicals plus working capital added to the final project 
year. The working capital was recovered in the final year.
The annual net profit was determined by subtracting the 
annual operating expenses, annual non-taxable charges 
and annual taxes from the annual revenue. The present 
value for each year was determined by discounting the 
annual net profit using a 20% discount rate to determine 
the value at the chosen basis date. The NPV@20% was then 
found as the sum of all of the present values over the life of 
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the project. The DCFROR was determined to be the hurdle 
rate at which the NPV was equal to zero.
1.3 Process-design assumptions
 (i) The process is designed as a grassroots project with a 
lifespan of 20 years.
 (ii) The designed process has an operating factor of 95%.
 (iii) The fatty  acid-based oil product is of sufficient 
quality for processing into a biofuel in a downstream 
operation.
 (iv) The growth media in both the autotrophic and het-
erotrophic processes enters the growth system al-
ready mixed as a concentrated solution in an outside 
auxiliary area; 95% consumption of the input Bolds 
Basal Media and the Heterotrophic Basal Media 
was assumed in the autotrophic and heterotrophic 
reactors, respectively.
 (v) Each process has a 100% operating throughput to 
produce 500 000 kg per year of oil. The size used is 
1/1000th of a typical US Midwest soybean/canola oil-
processing facility and represents a likely minimum 
scale necessary for competitive oil production.
 (vi) 32% of the total heterotrophic-microalgae biomass 
and 15% of the total autotrophic microalgae biomass 
are extracted as lipids [16].
 (vii) The cell density of the heterotrophic and autotrophic 
microalgae achieved during the growth phase is 20 
and 8 g/L, respectively.
 (viii) Any pigments or other unwanted polar compounds 
that are extracted by the solvent will partition into 
the aqueous waste streams during the separation 
and purification portions of the process.
 (ix) The CO2 flow rate for autotrophic microalgae growth 
is 12 mL/min [21].
 (x) The seed (inoculant) microalgae concentration re-
quired for growth is 40 mg/L [22].
 (xi) 5% methanol is assumed to be lost on an annual 
basis and requires a make-up stream.
 (xii) Sucrose solubility in water is 200 g/100 mL [23].
 (xiii) NaNO3 solubility in water is 91 g/100 mL [24].
 (xiv) CaCl solubility in water is 74 g/100 mL [24].
 (xv) MgSO4 solubility in water is 341 g/100 mL [24].
 (xvi) NaCl solubility in water is 35 g/100 mL [24].
1.4 Equipment-design assumptions
 (i) A pressure drop of 35 kPa occurs across all unit oper-
ations unless otherwise specified [25].
 (ii) All pumps have an overall efficiency of 70% [25].
 (iii) All compressors have a polytropic efficiency of 65% 
[25].
 (iv) Surge drums are sized based on an overall length-to-
diameter ratio of 4:1 [19].
 (v) Surge drums have a liquid holding time of 10 min.
 (vi) Conveyors are 0.61 m wide, 15 m long and doubled/
redundant [25].
 (vii) 95% of the water entering a vacuum filter is removed, 
leaving 5% weight in the outlet solid [25].
 (viii) 95% of the water entering a filter press is removed 
[25].
 (ix) Heterotrophic reactors are sized with a height-to-
diameter ratio of 2:3 [26].
 (x) Carbon steel is a sufficient material of construction 
for all process equipment and ancillary piping [19].
 (xi) The multi-effect evaporator operates with the first ef-
fect at 97 kPa and the final effect at 14 kPa. All effects 
will have an equal pressure drop over that range.
 (xii) All evaporators have the same heat-transfer area 
[19] and the same volume. The multi-effect evap-
orator system is small enough such that each 
separate effect is not individually optimized. The 
volume of the first effect is sized by utilizing the 
rule of thumb that a 30-min residence time will ac-
count for 75% of the total volume. For each evap-
orator effect, the bottom diameter is equal to the 
height divided by 5 and the top diameter is equal 
to 2× the bottom diameter. A 14-kPa pressure drop 
occurs across the heat-transfer area in each effect 
of each evaporator.
 (xiii) A 62 kPa pressure drop occurs for the process stream 
in the E-103 and E-1003 systems to account for 
the long piping run necessary to route the process 
stream to the beginning of the multi-effect evapo-
rator system.
 (xiv) 4 wt% of the methanol entering the leacher will exit 
with the biomass stream from the leacher.
1.5 Utility assumptions
 (i) Low-pressure steam is generated in an auxiliary 
area of the facility and is available to the process at 
T = 160°C and P = 500 kPa [25].
 (ii) Process cooling water is generated in an auxiliary area 
of the facility and is available to the process at T = 30°C 
and P = 210 kPa [25].
 (iii) Moderately low-temperature refrigerated water is 
generated in an auxiliary area of the facility and is 
available to the process at T = 5°C and P = 210 kPa [25].
 (iv) CO2 will be externally supplied to the process and 
priced as a consumable chemical cost [19].
1.6 Economic assumptions
 (i) Values of 400 [19], 543 [27] and 585 [27] are used as the 
2004, 2016 and 2012 CEPCI values, respectively. The 
CEPCI index is used to bring all economic data to the 
same basis date of October 2016.
 (ii) The annual maintenance cost is estimated to be 6% of 
the FCI [19].
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 (iii) No royalties or patent fees are required for this pro-
cess [19].
 (iv) A rough planning schedule based on a rule-of-thumb 
of 30% design, 40% procurement and 30% implemen-
tation is used to estimate the project schedule with 
the longest procurement time used to dictate the 
schedule.
 (v) The FCI is depreciated over a 17-year period.
 (vi) The hurdle rate (minimum acceptable rate of return) 
is 20%.
 (vii) The revenue price for the bioproduct biomass is 
based on a trend price of soybean meal discounted by 
20% to account for the residual methanol that must 
be removed prior to use.
2 Results and discussion
2.1 Process design
Preliminary designs were prepared to generate 500 000 kg/
yr of the primary fatty acid-based oil product from either 
heterotrophic or autotrophic strains of the microalgae 
C. vulgaris. Figs 1 and 2 provide an overview of the hetero-
trophic- and autotrophic-process schemes, respectively, 
used in this evaluation. Each process is organized into 
three major areas: Area 01 is the growth and cultivation 
area, Area 02 is the filtration and crushing area and Area 
03 is the extraction and solvent-separation area. A more 
detailed display of the preliminary design for each area 
of the heterotrophic-microalgae option is provided on the 
PFDs in Figs S5–S13 in the online Supplemental Data. The 
comparable information for the autotrophic microalgae 
option is provided on the PFDs in Figs S19–S29 in the on-
line Supplemental Data. A detailed process description is 
also provided in the Supplemental information to explain 
the PFDs.
The most substantial difference in the design occurs 
in Area 01. The growth reactors for the autotrophic case 
were based on the largest-scale commercially available re-
actor design that we could identify at the time of the study, 
which was 25 000 L. Based on the capacity of this reactor, 
the autotrophic case requires 792 reactors. The growth of 
the C. vulgaris is accomplished by using parallel trains of 
photo bioreactors, where each train contains three differ-
ently sized reactors, arranged sequentially. The microalgae 
from each reactor will be transferred into the next larger 
reactor in the sequence after a 14-day growing period. 
With each transfer, additional growth media is added to 
facilitate the growth process. The products from the final-
stage 25 000-L reactors in each train are fed to a holding 
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Fig. 1: Heterotrophic-microalgae fatty acid-based oil-extraction process flow schematic.
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For the heterotrophic case, the growth reactors were 
based on the typical size of a world-scale corn-to-ethanol 
reactor that was estimated at 4 500 000 L. Based on the cap-
acity of this reactor, the heterotrophic case requires seven 
reactors. The growth of the C.  vulgaris is accomplished 
using two stages of reactors in sequence with three initial 
reactors operating in parallel feeding four final reactors 
operating in parallel. At the end of the 15-day growth 
period, each of the final reactors will contain enough 
microalgae to feed the rest of the process continuously for 
5 days at 4200 kg/hr. This rate is substantially lower than 
for the autotrophic case due to differences in biomass 
density in the final reactors and the lower lipid content of 
the autotrophic strain. In both cases, these configurations 
provide a continuous production of biomass that can be 
fed to the rest of the process to generate the same quantity 
of oil product.
There were substantial differences in the inputs re-
quired to grow the two different microalgae strains. The 
estimated annual consumption of these inputs is sum-
marized in Table 1 for both cases. The annual input into 
the autotrophic process will be higher in comparison 
to the heterotrophic process to yield the same amount 
of product due to the lower lipid content in autotrophic 
microalgae. Utility requirements, summarized in Table 2, 
are also substantially different due to the additional chal-
lenge of managing >790 reactors in the autotrophic design.
After growth and cultivation in Area 01, the microalgae 
are dewatered by filtration and then crushed to rupture the 
cell walls, making oil extraction more efficient in Area 02. 
These units were designed to operate continuously and 
are essentially the same for both feedstocks.
Area 03 was designed for the extraction and recovery of 
the oil from the biomass. The system was designed based 
Table 1: Raw-material requirements
Raw material Heterotrophic process (kg/yr) Autotrophic process (kg/yr)
Chlorella vulgaris 2.1 0.45
Carbon dioxide – 340 000 000 
Sterile process air 20 000 000 –
Sucrose 3 200 000 –







































































Fig. 2: Autotrophic microalgae fatty acid-based oil-extraction process flow diagram.
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on the use of methanol as the extracting solvent. The 
choice of methanol is based on lab-scale experiments per-
formed with a number of different solvents. A summary of 
the results of the solvent-performance study for the auto-
trophic strain is shown in Fig. 3. Comparable results were 
obtained for the heterotrophic strain (results not shown). 
Additionally, a summary of the results of a study to opti-
mize the solvent-to-microalgae ratio is provided in Fig. 4. 
A detailed description and documentation of this work can 
be found in [17] and will be published in journal form in 
the near future.
In order to recover the oil out of the methanol, a multi-
effect evaporator is used to separate the solvent from the 
desired lipid product. Although this method is relatively 
energy-intensive, it allows us to use a proven method in 
this comparison study. This is an area in which future 
Table 2: Utility requirements and costs
Heterotrophic process Autotrophic process
Utility description Annual cost 
($/yr)
Requirement Annual cost  
($/yr)
Requirement
Electricity 2200 Amount: 49 000 kWh/yr 12 000 Amount: 270 000 kWh/yr
Low-pressure steam 350 000 Amount: 12 000 000 kg/yr  
Supply temperature: 149°C   
Supply pressure: 450 kPa
1 800 000 Amount: 64 000 000 kg/yr  
Supply temperature: 149°C  
Supply pressure: 450 kPa
Carbon dioxide – – – Amount: 340 000 000 kg/yr  
Supply temperature: 25°C  
Supply pressure: 140 kPa
Process cooling water 560 Amount: 38 000 000 kg/yr  
Temperature: 10°C  
Pressure: 100 kPa
8700 Amount: 590 000 000 kg/yr  
Temperature: 10°C  
Pressure: 100 kPa
Heating water – – 210 000 000 Amount: 
1 500 000 000 000 kg/yr  





2100 Amount: 11 000 000 kg/yr  
Temperature: 5°C  
Pressure: 210 kPa
4500 Amount: 24 000 000 kg/yr  
Temperature: 5°C  
Pressure: 210 kPa
Sterile air – Amount: 20 000 000 kg/yr  
Temperature: 43°C  
Pressure: 100 kPa
– Amount: 1 100 000 kg/yr  
Temperature: 43°C  
Pressure: 100 kPa
Methanol 17 000 Amount: 34 000 kg/yr  
Temperature: 43°C  
Pressure: 100 kPa
660 000 Amount: 1 300 000 lb/yr  
Temperature: 25°C  
Pressure: 100 kPa















































Fig. 3: Extraction efficiency of fatty acid-based oils from autotrophic microalgae based on solvent performance.
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technology development is likely to improve the efficiency 
of this process. Annual solvent losses are estimated to be 
5% of the recirculating solvent. This section of the process 
generates 500 000 kg/yr of fatty acid-based oil with a com-
position assumed to match one commonly reported in 
the literature from each strain, as summarized in Table 3. 
One million and 2  800  000  kg/yr of residual microalgal 
biomass are also produced from the heterotrophic- and 
autotrophic-process designs, respectively. This biomass is 
assumed to have value as a high-protein animal feedstock 
[18]. Additional clean-up to remove residual methanol is 
assumed to occur in an area not covered by the design pre-
sented herein. Costs for this removal is assumed to be 20% 
of the most likely product value.
2.2 Broad cost estimates
A broad estimate of the capital costs for both hetero-
trophic- and autotrophic-process designs was completed 
based on the equipment listed in Tables 4 and 5, respect-
ively. A condensed version of the estimated capital costs 
for each process are also reported in these tables and in-
clude an approximate cost for each piece of equipment, as 
well as the total capital investment required for the project 
using an October 2016 basis date. Detailed estimated cap-
ital cost tables are included in the supplementary informa-
tion in Tables S3 and S4 in the online Supplemental Data.
The cost estimates for the conveyors and fine grinder 
for this process were determined by acquiring a vendor 
cost estimate. The remaining equipment was estimated by 
utilizing the cost charts published by Ulrich and Vasudevan 
[19]. The Ulrich Cost Data estimate the purchased costs of 
the equipment using a basis date of 2004. These costs were 
adjusted to the project’s basis date using CEPCI values for 
2004 [19] and 2016 [27]. The total capital investment for the 
heterotrophic and autotrophic processes were estimated 
to be $13 million ± 40% and $84 million ± 40%, respectively.
Area 01 for each process is where the two process de-
signs differ and account for most of the difference in the 
total capital investment of the two processes. The growth 
and cultivation area for the autotrophic process requires 
a much higher initial capital cost due to the large number 
(792) of photobioreactors coupled with the use of a more 
expensive (polypropylene) material for construction than 
for the heterotrophic bioreactors (seven carbon-steel re-
actors). The designs for Area 02 and Area 03 are nearly 
identical, except for slightly larger equipment in the 
autotrophic process due to a higher throughput of raw 
materials.
2.3 Operating-cost estimates
An itemized analysis of the estimated yearly operating 
costs for the heterotrophic and autotrophic processes is 
reported in Table  6. More details of the operating costs 
are included in the supplementary information in Tables 
S5 and S6 in the online Supplemental Data. The total 
operating costs for the two processes are estimated to be 






Free fatty acids 500 000 500 000
Components (wt %)
Palmitic acid 29% 29%
Palmitoleic acid 2% 2%
Stearic acid 1% 1%
Oleic acid 18% 18%
Linoleic acid 27% 27%










































Fig. 4: Extraction efficiency of fatty acid-based oils from autotrophic microalgae based on solvent-to-microalgae ratio.
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$3.7 million and $240 million per year for the heterotrophic 
and autotrophic processes, respectively, using an October 
2016 basis date. These costs include raw-materials costs, 
chemical and catalyst costs, operating labour, mainten-
ance costs and utilities. These costs are based on a plant-
operating factor of 95%.
The heterotrophic process requires four raw materials: 
C.  vulgaris, an organic carbon source, water and air. For 
the purposes of this study, sucrose is used as the organic 
carbon source. The autotrophic process requires three raw 
materials: C.  vulgaris, process water and carbon dioxide. 
The requirements for raw materials are reported in Table 1. 
Table 4: Equipment table for the heterotrophic process
ID# Equipment description Number of units Total BMC
C-101 A/B Fine grinder 2 $440 000  
D-101 Leacher 1 $34 000  
D-102 Surge drum 1 $11 000  
E-101–105 A/B Heat exchangers 12 $180 000  
G-101 Gas compressor and drive shaft 1 $160 000  
H-101 A/B Vacuum filter 2 $320 000  
H-102 A/B Belt press 2 $380 000  
J-101–105 A/B Conveyors/screw feeders 10 $100 000  
L-101–113, 201–202 A/B Pumps 66 $680 000  
T-101 Water-recycle tank 1 $23 000  
R-101 A-C, R-102 A-D Algae-growth reactor 7 $4 900 000  
V-101–107 Evaporator 7 $63 000  
Total bare modular cost  CTBM »  $7 200 000 
Contingency and fee  CTM  CTBM * 0.18 = $1 300 000 
Total module cost  CTM »  $8 500 000 
 Auxiliary facilities CAUX CTM * 0.30 = $2 600 000 
Fixed capital investment  FCI »  $11 000 000 
 Working capital CWC FCI * 0.15 = $1 700 000 
 Chemicals and catalysts   $340 000 
Total capital investment   TCI »  $13 000 000 
CTBM, total bare modular cost; CTM, total module cost; CAUX, auxiliary-facilities cost; FCI, fixed capital investment; CWC, working capital; TCI, total cap-
ital investment.
Table 5: Equipment table for the autotrophic process
ID# Equipment description Number of units  Total BMC 
C-1001 A/B Fine grinder 2 $440 000  
D-1001 Leacher 1 $34 000  
D-1002 Surge drum 1 $15 000  
E-1001–1005 A/B Heat exchangers 12 $280 000  
G-1001 Gas compressor and drive shaft 1 $220 000  
H-1001 A/B Vacuum filter 2 $580 000  
H-1002 A/B Belt press 2 $380 000  
J-101–105 A/B Conveyors/screw feeders 10 $100 000  
L-101–113, 201–202 A/B Pumps 792 $7 900 800  
T-1001 A-C, T-1002 Holding tank 4 $260 000  
R-101 A-C, R-102 A-D Algae-growth reactor 691 $37 000 600  
V-101–107 Evaporator 10 $110 000  
Total bare modular cost  CTBM »  $47 000 000 
Contingency and fee  CTM CTBM * 0.18 = $8 500 000 
Total module cost  CTM »  $56 000 000 
 Auxiliary facilities CAUX CTM * 0.30 = $17 000 000 
Fixed capital investment  FCI »  $73 000 000 
 Working capital CWC FCI * 0.15 = $11 000 000 
 Chemicals and catalysts   $160 000 
Total capital investment   TCI »  $84 000 000 
CTBM, total bare modular cost; CTM, total module cost; CAUX, auxiliary facilities; FCI, fixed capital investment; CWC, working capital; TCI, total capital 
investment.
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The large quantity of sterile water needed for the auto-
trophic process accounts for the major difference in cost 
between the heterotrophic and autotrophic processes. The 
autotrophic process requires more sterile water because:
 (i) The cell density of the autotrophic strain under op-
timum growth conditions is much lower than the cell 
density of the heterotrophic strain.
 (ii) The autotrophic strain of C. vulgaris has a lower lipids 
content under optimum conditions compared to the 
heterotrophic strain; therefore, to produce the same 
quantity of oil, more microalgae must be grown, 
requiring more water.
 (iii) The larger number of reactors results in a higher con-
sumption of sterile water during the cleaning and 
sterilization steps of the bioreactor batch cycle.
Sucrose used in the heterotrophic process is priced using 
commodity-trend pricing [28]. The water is priced using a 
commonly accepted cost [25]. Carbon dioxide used in the 
autotrophic process is priced using a spot price [29]. The 
yearly cost for the four raw materials for the heterotrophic 
process is estimated to be $880  000 per year. The yearly 
cost for the three raw materials for the autotrophic pro-
cess is estimated to be $7.4 million per year, with most of 
the difference due to the differences in sterile-water costs.
The chemicals required for the heterotrophic process 
are the nutrients required for the Heterotrophic Basal 
Media (HBM), while those required for the autotrophic 
process are the nutrients required for the Bolds Basal 
Media (BBM). The nutrient requirements and costs are re-
ported in Table 7. The costs associated with the media are 
priced based on bulk prices commercially available for each 
component. The bulk price of ethylenediaminetetraacetic 
acid (EDTA) is obtained from a vendor [37]. The HBM is es-
timated to cost a total of $180  000 per year. The BBM is 
estimated to cost a total of $2.3 million per year. The differ-
ence in the cost of chemicals for the two processes is due 
to the larger quantity of chemicals required to generate 
the BBM per litre in comparison to the quantity of chem-
ical to generate the HBM per litre.
The estimate for the cost of labour is based on the 
number of pieces of equipment that each process con-
tains. The heterotrophic-process design requires an es-
timated five operators per shift with an additional board 
operator, yielding a total of 21 operators across 4.5 shifts 
to obtain a 95% operating factor. Due to the large number 
of bioreactors required, the autotrophic-process design re-
quires 36 operators per shift with an additional board oper-
ator, yielding a total of 166 operators across 4.5 shifts. The 
labour-estimation requirement is determined by utilizing 
the method found in Ulrich [19]. The average hourly wage 
for a plant operator in Texas of $25.86 [41] is used. Due to 
the number of operators needed per day, a supervisor is 
also estimated to be required. The supervisory labour cost 
is estimated to be 15% of the operating labour costs [19]. 
The total yearly labour cost for the heterotrophic design 
Table 7: Nutrient cost chart and media requirements [30].
Heterotrophic Basal Media Bolds Basal Media
Component Cost ($/kg) kg/yr Cost ($/yr) kg/yr Cost ($/yr)
Sodium nitrate [31] 0.10   590 000 290 000 
Calcium chloride [32] 0.024 110 10.00 59 000 7100 
Magnesium sulphate [33] 0.13 1400 860.00 180 000 110 000 
Dipotassium hydrogen phosphate [34] 0.41 1400 2700.00 180 000 350 000 
Potassium dihydrogen phosphate [35] 0.41 3200 6400.00 420 000 840 000 
Sodium chloride [36] 0.045 110 20.00 59 000 13 000 
Trace element solutiona [37] 0.81 4500 18 000.00 43 000 170 000 
Sucrose [28] – 3 000 000 – – –
Yeast extract [38] 1.60 18 000 150 000.00   
EDTA [37] 16   24 000 1 900 000 
Acidified iron stock solution [39] 0.000054   43 000 12 
Boric acid [40] 0.31   43 000 65 000 
Distilled water – 4 500 000 – 24 000 000 –
Total  7 700 000 180 000.00 56 000 000 3 700 000 
aTrace Element Solution priced as 5% EDTA.












expenses Yearly total 
Heterotrophic 1–20 880 000 180 000 1 600 000 660 000 370 000 – 28 3 700 000 
Autotrophic 1–20 7 400 000 2 300 000 14 000 000 4 400 000 210 000 000 – 60 240 000 000 
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is estimated at ~$1.6 million, whereas the costs for the 
autotrophic-design case are estimated to be ~$40 million.
The maintenance cost for the heterotrophic- and 
autotrophic-process designs are estimated by utilizing the 
rule of thumb that the cost of maintenance is 6% of the FCI 
[19], as shown in Table 6. The yearly cost for maintenance 
for the heterotrophic-process design is ~$660 000, whereas 
the yearly cost for maintenance for the autotrophic-process 
design is ~$21 million. The autotrophic-process design has 
a higher maintenance cost due to the large number of 
photobioreactors required in Area 01.
The required utilities and chemicals for the 
heterotrophic-process design are electricity, low-
pressure steam, process water, cooling water, low-
temperature refrigerated water and methanol, 
whereas the required utilities and chemicals for the 
autotrophic-process design are electricity, low-pressure 
steam, medium-pressure steam, cooling water, heating 
water, moderately low-temperature refrigerated water 
and methanol. The annual requirement for each utility 
is reported in Table 2. The price of electricity was found 
using trend-price data. The costs for low-pressure steam, 
medium-pressure steam, heating water, moderately 
low-temperature refrigerated water, process water and 
cooling water are estimated using commonly accepted 
utility prices [25]. The price of methanol is determined 
to be $0.23 per pound [42], with an estimated 5% annual 
make-up.
The difference in the costs of utilities and chemicals 
for the two processes is due to the difference in water and 
steam consumption. The autotrophic process requires 
significantly more steam and cooling water due to the 
Table 8: Revenue projection for the heterotrophic and autotrophic processes
Heterotrophic Autotrophic
Products $/kg Amount (kg/yr) Revenue ($/yr) Amount (kg/yr) Revenue ($/yr)
Lipids 0.40 [27] 500 000 970 000 500 000 970 000
Biomass 0.059 [12] 1 000 000 300 000 2 800 000 2 100 000
  Total 1 300 000  3 100 000
Note: Numbers may not sum to total due to rounding.
Table 9: Economic cash-flow sheet for the heterotrophic process ($ millions) 
Job Title: Oil Extraction from Heterotrophic Microalgae 












–1       (2.2) (2.2) (2.6)
0       (11) (11) (11)
1 1.3 (3.7) (2.4) 1.3 3.7 1.3  (1.1) (0.92)
2 1.3 (3.7) (2.4) 1.1 3.5 1.2  (1.2) (0.81)
3 1.3 (3.7) (2.4) 1.0 3.4 1.2  (1.2) (0.70)
4 1.3 (3.7) (2.4) 0.89 3.3 1.2  (1.2) (0.60)
5 1.3 (3.7) (2.4) 0.78 3.2 1.1  (1.3) (0.52)
6 1.3 (3.7) (2.4) 0.69 3.1 1.1  (1.3) (0.44)
7 1.3 (3.7) (2.4) 0.61 3.0 1.1  (1.3) (0.38)
8 1.3 (3.7) (2.4) 0.54 2.9 1.0  (1.4) (0.32)
9 1.3 (3.7) (2.4) 0.48 2.9 1.0  (1.4) (0.27)
10 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.23)
11 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.19)
12 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.16)
13 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.13)
14 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.11)
15 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.090)
16 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.080)
17 1.3 (3.7) (2.4) 0.45 2.8 1.0  (1.4) (0.060)
18 1.3 (3.7) (2.4) – 2.4 0.84  (1.6) (0.060)
19 1.3 (3.7) (2.4) – 2.4 0.84  (1.6) (0.050)
20 1.3 (3.7) (2.4) – 2.4 0.84 1.7 0.14 0.0037
     NPV@20%= (20)
Note: Numbers in parentheses represent negative values.
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heating and cooling of the photobioreactors to ensure the 
microalgae is grown at a consistent temperature all year 
round. Additionally, low-pressure steam is utilized to ster-
ilize the tank reactors and photobioreactors after each use. 
A  greater amount of low-pressure steam is required for 
the autotrophic process due to the increased number of 
reactors required.
2.4 Revenues
The revenue earned by the heterotrophic- and autotrophic-
process designs are generated by the sale of the extracted 
lipids as a fatty acid oil that can be utilized in renewable-
fuel production, such as the production of biodiesel and/or 
the production of renewable chemicals and from the sale 
of the lipid-lean biomass. The value for the fatty acid oil 
is assumed to be $0.40/kg based on a commonly reported 
value for these types of oils [43]. The lipid-lean biomass 
is assumed to generate revenue as a high-protein animal 
feed [18]. Table 8 reports the analysis of the revenues from 
the product and by-product. The total yearly revenues 
for the heterotrophic and autotrophic processes, respect-
ively, are ~$1.3  million and ~$3.1 million. No tax credits 
associated with ‘green’-products production are added 
to these revenues. In order to drive each process towards 
non-subsidized economic viability, the total revenue for 
each process needs to increase. The current economic ana-
lysis indicates that each process generates less revenue 
than is required to cover the operating costs. The total rev-
enue would increase if either the fatty acid-based oil could 
be sold at a higher value or if a higher-value co-product 
was also produced.
2.5 Overall profitability
The cash-flow sheets for the heterotrophic- and 
autotrophic-process designs are reported in Tables 9 and 
10, respectively, and indicate the overall profitability of 
each option. The FCI required for each project is spread out 
over a 15-month preliminary schedule. Over the 20-year 
lifetime of the heterotrophic project, a NPV@20% of –$20 
million ± 40% is estimated, whereas the autotrophic pro-
ject has a NPV@20% of – $850 million ± 40%. Based on this 
economic assessment, both options are expected to be un-
profitable. If a tax credit of $11.0/L is added to the revenues, 
the heterotrophic process will rise to the breakeven point.
Adjusting the revenue price of the primary product, the 
breakeven point for the heterotrophic process corresponds 
to an oil-products price of $14/kg ($3.30/gal), whereas the 
comparable sales price for the autotrophic process is $240/
Table 10: Economic cash-flow sheet for the autotrophic process ($ millions) 
Job Title: Oil Extraction from Autotrophic Microalgae 












–3       (15) (15) (30)
–2       (19) (19) (30)
–1       (19) (19) (23)
0       (30) (30) (30)
1 3.1 (240) (240) 8.6 (250) (90)  (150) (130)
2 3.1 (240) (240) 7.6 (240) (90)  (150) (110)
3 3.1 (240) (240) 6.7 (240) (90)  (150) (88)
4 3.1 (240) (240) 5.9 (240) (80)  (150) (73)
5 3.1 (240) (240) 5.2 (240) (80)  (150) (61)
6 3.1 (240) (240) 4.6 (240) (80)  (150) (51)
7 3.1 (240) (240) 4.1 (240) (80)  (150) (43)
8 3.1 (240) (240) 3.6 (240) (80)  (150) (36)
9 3.1 (240) (240) 3.2 (240) (80)  (150) (30)
10 3.1 (240) (240) 3.0 (240) (80)  (150) (25)
11 3.1 (240) (240) 3.0 (240) (84)  (150) (21)
12 3.1 (240) (240) 3.0 (240) (84)  (150) (17)
13 3.1 (240) (240) 3.0 (240) (84)  (150) (14)
14 3.1 (240) (240) 3.0 (240) (84)  (150) (12)
15 3.1 (240) (240) 3.0 (240) (84)  (150) (10)
16 3.1 (240) (240) 3.0 (240) (84)  (150) (8.3)
17 3.1 (240) (240) 3.0 (240) (84)  (150) (6.9)
18 3.1 (240) (240) – (240) (83)  (150) (5.8)
19 3.1 (240) (240) – (240) (83)  (150) (4.8)
20 3.1 (240) (240) – (240) (83) 11 (140) (3.7)
     NPV@ 20% = (850)
Note: Numbers in parentheses represent negative values.
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kg ($126/gal). In 2014, a process design with economics pro-
duced by the National Renewable Energy Laboratory (NREL) 
[44] indicated that the breakeven point for a microalgae 
oil was $4.35/gallon gasoline equivalent (GGE). The goal is 
to advance microalgae-oil extraction to a cost of $3/GGE 
[44]. For the designed heterotrophic process, the oil price 
is determined to be $3.89/GGE. These results suggest that, 
if one or more of the key steps in the process can be made 
more cost-efficient, heterotrophic-microalgae production 
may become a competitive source for renewable biofuel/
chemical-oil feedstock.
3 Conclusion
The objective of the scoping study was to determine 
whether a process for the growth and extraction of lipids 
from the heterotrophic-microalgae strain of C.  vulgaris 
would be more economically attractive than a process 
based on the autotrophic version of the same microalgae. 
A  process design was developed for the growth and ex-
traction of lipids from the heterotrophic strain of C.  vul-
garis and the autotrophic strain of C.  vulgaris. Using the 
heterotrophic strain was clearly more cost-effective than 
using the autotrophic strain, although, currently, neither 
the heterotrophic- nor the autotrophic-process designs are 
economically feasible. However, the heterotrophic-based 
process was close to the breakeven point, suggesting that 
this strategy had the potential, with additional advances, 
of providing a commercially viable industrial microalgae-
oil generation and extraction facility.
Several recommendations to improve the economic 
feasibility of this technology could be concluded from 
the design. The two areas that appeared to have the 
most room for improvement were  the growth phase 
and the fatty-acid solvent-extraction phase. During the 
heterotrophic-microalgae-growth phase, the media re-
quired a large quantity of chemicals and an organic carbon 
for production. If a lower-cost growth media was identi-
fied and/or if an alternative organic carbon source, such 
as a wastewater stream routed from another industrial 
process, were utilized, the cost of growing the microalgae 
would decrease greatly. Additionally, the cell density of 
the microalgae in the growth media was very low, re-
sulting in a large water requirement. The large water re-
quirement caused the dewatering of the microalgae to be 
energy-intensive. If a method of increasing cell density 
during growth was developed, the cost of the growth 
phase would decrease.
The fatty acid solvent extraction required a low ratio of 
microalgae to solvent to efficiently extract the oils resulting 
in an oil-rich solvent with only 3.9 wt% methanol. This low 
concentration led to the selection of a multi-effect evapor-
ator to most efficiently separate the two miscible liquids. 
If a more efficient solvent-extraction step were developed, 
the cost of the solvent recovery would decrease and the 
separation step would be simplified, pushing the eco-
nomics of the process towards profitability. Further, adding 
a less energy-intensive pre-concentration step for the oils-
in-methanol solution, such as using a pervaporation mem-
brane, may also further reduce costs.
Supplementary data
Supplementary data is available at Clean Energy online.
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